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 10 
Abstract 11 
The chemical looping combustion of solid fuels by in-situ gasification (iG-CLC) has great potential to 12 
reduce the economical and energetic cost of CO2 capture for generating energy from coal. Previous 13 
studies have highlighted that a high CO2 capture rate can be reached, but incomplete combustion is 14 
predicted by theoretical models or obtained during experimental work. In this paper, a mathematical 15 
model for the fuel reactor and carbon stripper, validated through experimental results, is adapted to 16 
evaluate the relevance of several technological improvements in order to increase the combustion 17 
efficiency of the iG-CLC process. The technological options evaluated include increasing the gas-solid 18 
contact in the fuel reactor, incorporating a secondary fuel reactor, re-circulating exhaust gases to the fuel 19 
reactor or the carbon stripper, or feeding coal into the carbon stripper instead in the fuel reactor. Model 20 
simulations showed that the use of a secondary fuel reactor has the major impact by reducing the 21 
unburnt compounds in the CO2 stream. The origin of the unburnt compounds is determined from a 22 
thorough analysis of the results obtained during the evaluation of these technological options. Thus, a 23 
new arrangement of the iG-CLC reactors is proposed, one which would minimise the presence of 24 
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unburnt compounds. In this concept, exhaust gases from the fuel reactor are sent to the carbon stripper. 1 
The oxygen demand for this concept is predicted to be T = 0.9%. 2 
 3 
Keywords: CO2 capture; Chemical-looping combustion; Coal; Simulation; Optimisation. 4 
 5 
Highlights 6 
- Several technological options to improve the performance of iG-CLC are analysed. 7 
- A mathematical model is developed to evaluate the performance of each option. 8 
- The use of a secondary fuel reactor increases the potential to reduce the oxygen demand. 9 
- A new iG-CLC configuration is proposed which minimises oxygen demand. 10 
 11 
1. Introduction 12 
Chemical looping combustion (CLC) is one of the most promising combustion technologies for carrying 13 
out CO2 capture with low economic and energetic costs [1]. The CLC process is based on the transfer of 14 
oxygen from air to the fuel by means of a solid oxygen carrier, avoiding direct contact between the fuel 15 
and air. Ideally, the CO2 capture is inherent in this process. In recent years there has been growing 16 
interest in the use of CLC in the CO2 capture from coal combustion [2]. Fig. 1 shows a general diagram 17 
of a CLC system using coal as fuel, based on the configuration existing in the 1 MWth CLC unit at 18 
Technische Universität Darmstadt [3]. A CLC system is largely composed of two reactors, namely an 19 
air and a fuel reactor, with the oxygen carrier circulating between them. In in-situ gasification chemical 20 
looping combustion (iG-CLC), coal is fed into the fuel reactor. The in-situ gasification of coal occurs 21 
here, see reaction (1-3), as well as the subsequent oxidation of the gases generated by the reaction with 22 
the oxygen carrier (MexOy), see reactions (4-6). The water-gas shift (WGS) reaction can have also some 23 
significance in the product distribution, see reaction (7). The reduced oxygen carrier (MexOy-1) is 24 
transferred to the air reactor where it is regenerated with air, see reaction (8), to be later transferred to 25 
the fuel reactor. 26 
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 1 
Fig. 1. Simplified flow diagram of the 1 MWth CLC unit at Technische Universität Darmstadt (TUD) 2 
[3]. 3 
 4 
 Coal (s)   →   H2O (g)  +  Volatile matter (g)  +  Char (s) (1) 5 
 Char (s)  +  H2O (g)   →   H2 (g)  +  CO (g)  +  ash (s) (2) 6 
 Char (s)  +  CO2 (g)   →   2 CO (g)  +  ash (s) (3) 7 
 CH4 (g)  +  4 MexOy (s)  →   CO2 (g)  +  2 H2O (g)  +  3 MexOy-1 (s) (4) 8 
 CO (g)  +  MexOy (s)   →   CO2 (g)  +  MexOy-1 (s) (5) 9 
 H2 (g)  +  MexOy (s)   →   H2O (g)  +  MexOy-1 (s) (6) 10 
 CO (g)  +  H2O (g)   →   CO2 (g)  +  H2 (s) (7) 11 
 MexOy-1 (s)  +  0.5 O2 (g)   →   MexOy (s) (8) 12 
 Char (s)  +  0.5 O2 (g)   →   CO2 (g)  +  ash (s) (9) 13 
In iG-CLC , the efficiency of CO2 capture can be reduced if char particles are by-passed to the air 14 
reactor together with the oxygen carrier stream, where they will be burnt and some CO2 will be mixed 15 
together with the N2 from the air; see reaction (9). A carbon separation system is used to reduce or avoid 16 
the presence of char particles in the oxygen carrier stream circulated to the air reactor, thus preventing 17 
char particles from reaching the air reactor. The carbon separation system can be based on char 18 
segregation in the fuel reactor [4,5], or segregation in an intermediate step and then re-circulation of the 19 
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char to the fuel reactor [3,6-8]. For this latter option, the separation of the char from oxygen carrier 1 
particles in a carbon stripper has been proposed [9], where char particles are separated from oxygen 2 
carrier particles through their differences in fluid dynamic properties. 3 
The complete combustion of products generated in the fuel reactor is desired. The presence of unburnt 4 
compounds in the CO2 stream reduces the energetic efficiency of the CLC process because some 5 
chemical energy in the fuel is not released and the energy required in the CO2 gas processing unit (GPU) 6 
is therefore higher. The purity of the CO2 stream after GPU may also be compromised [10]. The use of a 7 
post-combustion process downstream of the fuel reactor has been revealed as an option to overcome the 8 
presence of unburnt compounds in the CO2 stream. However, in this case highly pure oxygen must be 9 
used as an oxidiser in order to maintain a concentrated CO2 stream after this so-called oxygen polishing 10 
step [6]. Of course, the use of pure oxygen in this polishing step represents an energy penalty for the 11 
overall process.  12 
Several research groups have reached important advances on the experimental demonstration of this 13 
technology in plants ranging from 1 to 100 kWth. Table 1 summarises selected data for CLC with solid 14 
fuels carried out in different facilities and under experimental conditions. To evaluate the performance 15 
of a CLC unit with solid fuels, it would be desirable to know the fraction of fuel that is converted and 16 
burnt in the fuel reactor. This evaluation can be carried out by analysing the fraction of unburnt fuel 17 
exiting the fuel reactor both in gaseous and solids forms.  18 
 19 
 20 
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Table 1. Experimental conditions for CO2 capture efficiency and oxygen demand during the continuous operation of different iG-CLC units with different 1 
oxygen carriers. 2 
 3 
Number 
 
Oxygen carrier 
 
Solid fuel 
 
Fuel 
reactor 
Coal 
feeding 
Power 
(kWth) 
mOC 
(kg/MWth) 
T 
(ºC) 
P 
(atm) 
CSS(a)
 
T 
(%) 
CC 
(%) 
fC,elut 
(%) 
Ref. 
 
1 Ilmenite Bit. coal Bubbling Upper-bed 1.7 2940 950 1 yes 11.0 96 ~20 [6] 
2 Ilmenite Bit. coal Bubbling Upper-bed 2.7 1850 950 1 yes 12.8 94 ~20 [6] 
3 Ilmenite Petcoke Bubbling Upper-bed 4.2 1430 950 1 yes 17.3 79 n.a. [11] 
4 Ilmenite Petcoke Bubbling Upper-bed 4.2 1430 1000 1 yes 15.8 86 n.a. [11] 
5 Ilmenite Petcoke Bubbling Upper-bed 5.8 1030 950 1 yes 16.0 75 ~28 [12] 
6 Ilmenite Petcoke Bubbling Upper-bed 5.8 1030 950 1 yes 18.9 83 ~40 [13] 
7 Ilmenite Petcoke Bubbling Upper-bed 5.8 1030 1000 1 yes 19.4 87 ~35 [13] 
8 Ilm.+CaCO3 Petcoke Bubbling Upper-bed 4.2 1430 1000 1 yes 15.7 86 n.a. [11] 
9 Ilm.+CaCO3 Petcoke Bubbling Upper-bed 4.2 1430 950 1 yes 14.4 79 n.a. [11] 
10 Ilm.+CaCO3 Petcoke Bubbling Upper-bed 9.3 645 950 1 yes 19.8 42 n.a. [11] 
11 Ilmenite Lignite Bubbling In-bed 0.5 1780 920 1 no 7.0 93 7 [14] 
12 Ilmenite Bit. coal Bubbling In-bed 0.3 3200 940 1 no 5.0 85 5 [15] 
13 Ilmenite Bit. coal Bubbling In-bed 0.5 1580 890 1 no 9.0 57 5 [14] 
14 Ilmenite Bit. coal Bubbling In-bed 0.6 1380 920 1 no 9.0 55 5 [14] 
15 Ilmenite Bit. coal Bubbling In-bed 1.0 820 940 1 no 8.8 75 5 [16] 
16 Ilmenite Bit. coal Bubbling In-bed 3.8 1580 970 1 yes 13.1 95 ~50 [17] 
17 Ilmenite Bit. coal Bubbling In-bed 5.6 1070 970 1 yes 11.9 92 ~50 [17] 
18 Ilmenite Bit. coal High-vel. In-bed 87 480 963 1 yes 10.2 97 47 [7,18] 
19 Ilmenite Bit. coal High-vel. In-bed 34 280 932 1 yes 14.0 88 n.a. [7] 
20 Ilmenite Bit. coal High-vel. In-bed 137 144 931 1 yes 12.2 96 n.a. [7] 
21 Ilmenite Bit. coal High-vel. In-bed 204 87 931 1 yes 15.4 92 n.a. [7] 
22 Ilmenite Anthracite Bubbling In-bed 0.6 1400 920 1 no 3.8 40 10 [14] 
23 Ilmenite Petcoke Bubbling In-bed 5.7 1050 970 1 yes 8.6 87 ~50 [17] 
24 Ilmenite Petcoke Bubbling In-bed 9.0 670 970 1 yes 9.6 70 ~50 [17] 
25 Ilmenite Petcoke High-vel. In-bed 100 105 926 1 yes 8.4 78 n.a. [19] 
26 Ilmenite Lignite 2 reactors In-bed 12 5200 900 1 yes 10.0 95 ~5 [5] 
27 Ilmenite Lignite 2 reactors In-bed 25 2600 900 1 yes 19.2 98 ~5 [5] 
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28 Fe2O3 Biomass Spouted In-bed 12 660 920 1 yes 14.5 95 n.a. [20] 
29 Iron ore Biomass Bubbling In-bed 0.5 1400 890 1 no 10.6 97 n.a. [21] 
30 Iron ore Biomass Bubbling In-bed 0.5 1400 915 1 no 3.8 98 n.a. [21] 
31 Iron ore Bit. coal Spouted In-bed 0.5 1850 900 1 yes 5.0 75 n.a. [22] 
32 Iron ore Bit. coal Spouted In-bed 0.5 1850 950 1 yes 4.0 85 n.a. [22] 
33 Iron ore Bit. coal Spouted In-bed 0.7 1350 900 1 yes 7.3 95 n.a. [22] 
34 Iron ore Bit. coal Spouted In-bed 0.7 1350 950 1 yes 5.0 97 n.a. [22] 
35 Iron ore Bit. coal Spouted In-bed 0.8 1280 970 1 yes 6.2 87 n.a. [23] 
36 Iron ore Anthracite Spouted In-bed 1.0 1000 970 1 yes 5.5 70 n.a. [23] 
37 Iron ore Bit. coal High-vel. In-bed 51 80 950 1 no 7.2 94 ~4 [24] 
38 Iron ore Bit. coal High-vel. In-bed 51 150 950 3 no 5.0 96 ~4 [24] 
39 Iron ore Bit. coal High-vel. In-bed 51 180 950 5 no 4.5 98 ~4 [24] 
40 Fe-ESF Bit. coal Bubbling In-bed 0.3 4200 940 1 no 3.0 70 n.a. [25] 
41 Fe-ESF Bit. coal Bubbling In-bed 0.4 2730 930 1 no 6.0 68 n.a. [26] 
42 Fe-ESF Bit. coal Bubbling In-bed 1.0 1200 905 1 no 6.0 65 n.a. [25] 
43 Fe-ESF Anthracite Bubbling In-bed 0.6 2000 930 1 no 5.0 20 n.a. [27] 
44 Manganese ore Petcoke Bubbling In-bed 4.0 1500 970 1 yes 7.6 92 ~35 [17] 
45 Manganese ore Petcoke Bubbling In-bed 5.9 1020 970 1 yes 8.6 97 ~35 [17] 
46 BMP Bit. coal Bubbling In-bed 1.0 10000 890 1 yes 1.9 96 n.a. [8] 
47 NiO/NiAl2O4 Bit. coal Spouted In-bed 0.7 1450 980 1 yes 3.5 95 ~8 [28] 
48 NiO/NiAl2O4 Bit. coal Spouted In-bed 8.3 965 960 1 yes 4.1 78 8 [4] 
49 NiO/NiAl2O4(b) Bit. coal Spouted In-bed 8.3 965 960 1 yes 17.6 n.a. n.a. [29] 
50 CuO/MgAl2O4 Biomass Bubbling In-bed 1.2 625 935 1 no 0.0 100 <5 [30] 
51 CuO/MgAl2O4 Lignite Bubbling In-bed 0.6 845 940 1 no 0.0 99 ~0 [31] 
52 CuO/MgAl2O4 Bit. coal Bubbling In-bed 0.6 1000 940 1 no 0.0 99 ~0 [31] 
53 CuO/MgAl2O4 Bit. coal Bubbling In-bed 0.8 710 940 1 no 0.0 90 ~0 [31] 
54 CuO/MgAl2O4 Bit. coal Bubbling In-bed 1.5 240 940 1 no 0.0 99 ~0 [32] 
55 CuO/MgAl2O4 Anthracite Bubbling In-bed 0.6 895 940 1 no 0.0 85 ~0 [31] 
(a) Shows whether or not a carbon separation system (CSS) was present 
(b) Deactivated material          
 1 
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 1 
On the one hand, H2, CO and CH4 are the main unconverted compounds in the gases [15]. Considering 2 
the oxygen polishing step as a solution, the total oxygen demand, T, is often used to evaluate the 3 
fraction of unconverted gaseous compounds. The oxygen demand is defined as the fraction of 4 
stoichiometric oxygen required to fully oxidise the unconverted gases exiting the fuel reactor to CO2 5 
and H2O with respect the stoichiometric oxygen demand of the fuel: 6 
 2 4 ,
( 4 )H CO CH FR out
T O
coal coal
F F F
M
m
      (10) 7 
In this study, sulphur and nitrogen compounds coming from S and N in coal are not considered in the 8 
oxygen demand because it has been demonstrated that in the iG-CLC process most of sulphur occurs in 9 
the form of SO2 and most of nitrogen is in the form of N2 [23]. 10 
On the other hand, unconverted solid fuel is usually found as carbon in char particles either going to the 11 
air reactor or being elutriated from the fuel reactor and exiting together with the gaseous stream. Carbon 12 
entering into the air reactor is evaluated through the CO2 capture efficiency, CC, defined as the carbon 13 
in coal the fed minus carbon (mostly CO2) at the air reactor exit divided by the carbon in the coal fed. 14 
The other source of solid carbon losses is in elutriated char particles, which can be evaluated through the 15 
fraction of carbon in the coal fed which is actually elutriated and exits in the gaseous stream from the 16 
fuel reactor, denoted as fC,elut.  17 
In some cases, the combustion efficiency in FR, c,FR, is given as an additional parameter to evaluate the 18 
performance of an oxygen carrier in the CLC process with solid fuels [14-16,25,26]. c,FR is defined as 19 
the oxygen required to fully oxidise unconverted gaseous compounds divided by the oxygen required to 20 
burn coal converted in the fuel reactor, i.e. the coal fed minus both the char elutriated and the char sent 21 
to the air reactor. Thus, c,FR = 1 – OD, with OD being the oxygen demand in the fuel reactor as 22 
defined in other studies found in the literature [6,7,11-13,17]. However, T, CC and fC,elut are necessary 23 
and sufficient to evaluate the system. For example, OD can be deduced as a function of T, CC and 24 
fC,elut: 25 
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   
 (11) 1 
Table 1 summarises the oxygen demand, T, CO2 capture efficiency, CC, and the fraction of elutriated 2 
carbon, fC,elut, are summarised for different solids inventories, oxygen carrier materials and solid fuel 3 
types. In the case where these parameters were not available in the sources, the value shown has been 4 
estimated from the results shown in the article in question. For example, T has been deduced from OD 5 
values or fC,elut from the solid fuel conversion, SF, defined as the ratio between the total flow of gaseous 6 
carbon leaving the CLC unit and the total flow of carbon fed to the system with the coal [6,7,11-13,17]. 7 
In other cases, a direct calculation from the concentration of gases at the fuel and/or air reactor exit was 8 
carried out. In these cases, there may be some uncertainty with respect to the exact values of these 9 
parameters, but in general it is possible to evaluate the oxygen demand trend. 10 
In these studies, a high CO2 capture can be accomplished by using high temperatures, high amounts of 11 
solids in the fuel reactor –which increases the residence time of particles-, highly reactive solid fuels 12 
and/or implementing a carbon separation system. A simulation of results showed the importance of the 13 
carbon separation system efficiency for obtaining a high value of CO2 capture without a high amount of 14 
solids in the fuel reactor [18-33-34]. In fact, a highly efficient carbon stripper has been identified as the 15 
main factor responsible for obtaining high CO2 capture efficiencies in a 100 kWth CLC unit [18]. The 16 
oxygen carrier used was less important in the CO2 capture obtained. The fraction of char elutriated from 17 
the fuel reactor is reported or can be calculated only in some cases. Values lower than 5% were reported 18 
for a bubbling fluidised fuel reactor, but values as high as 50% were found in high-velocity fluidisation 19 
mode because of insufficient performance of the cyclone downstream from the fuel reactor. 20 
The complete combustion of gases was not reached in the fuel reactor during the CLC of coal in iG-21 
CLC mode. Thus, total oxygen demand values between 2 and 20% are reported. The fraction of 22 
elutriated carbon from the fuel reactor does not contribute to T, as it is defined. Thus, if the CLC 23 
system was improved by increasing CC or decreasing fC,elut, an increase in T in certain cases may be 24 
expected, depending on the origin of the unburnt compounds. Take for example two extreme cases: 25 
firstly, an accumulation of gasification products (CO and H2) in the freeboard is highly relevant when 26 
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the fuel reactor is operating in high-velocity fluidisation mode [29-31], where fC,elut ≈ 50%. In this case, 1 
if char particles were fully recovered by the cyclone and recycled to the fuel reactor, then the total 2 
oxygen demand could be doubled [18]. If this is not the case, the incomplete combustion of volatile 3 
matter is the main factor responsible for the appearance of unconverted gases (mainly H2, CO and CH4) 4 
when the fuel reactor is in bubbling fluidisation mode [15]. In these cases, the total oxygen demand 5 
would not vary with CC or fC,elut. Therefore, besides T, CC and fC,char, it is very interesting to find out 6 
the origin of any unburnt compounds. Simulation using a validated model is a powerful tool to identify 7 
these origins [18]. 8 
Unconverted gases must be processed before the CO2 transportation and sequestration. Fig. 2 shows the 9 
values of oxygen demand obtained in different CLC units operating with a variety of oxygen carrier 10 
materials and solid fuels. It highlights the impact of the gas-solid contact, the type of solid fuel, the 11 
oxygen carrier material and the solids inventory on oxygen demand. Although temperature also has an 12 
influence on oxygen demand, its impact is of lesser importance [18,35]. Some tests carried out under 13 
pressurised conditions revealed the positive influence of pressure [24].Oxygen demand is high when the 14 
volatile matter has a low level of contact with oxygen carrier particles [5,6,11-13], suggesting the 15 
importance of volatile matter conversion on combustion efficiency. Solid fuels with a highly volatile 16 
matter fraction (e.g. biomass or lignite) therefore usually show higher oxygen demand values than solid 17 
fuels with a low volatile matter fraction (e.g. anthracite and petcoke) [14]. Most of the experimental 18 
work has been carried out using Norwegian ilmenite as an oxygen carrier, with oxygen demand values 19 
of between 5-15%. However, oxygen carrier reactivity has also a great influence on oxygen demand. 20 
Thus, more reactive oxygen carriers (e.g. Fe-ESF, iron ore or Ni-based materials) give lower oxygen 21 
demand values. This effect is highlighted when a Ni-based material is deactivated, and, as a 22 
consequence, a much higher oxygen demand value is obtained [29]. Nevertheless, a loss of oxygen 23 
carrier particles mixed with ash particles is expected, so expensive and/or environmental unfriendly 24 
materials, such as Ni-based materials, are less preferable for CLC processes with solid fuels.  25 
 26 
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 1 
Fig. 2. Oxygen demand reported or calculated from data found in the literature as a function of the fuel 2 
reactor solids inventory in the iG-CLC process. Symbol points in Table 1: points 1-7:  (ilmenite); 3 
points 8-10  (ilmenite+limestone); points 11-25:  (ilmenite); points 26-27:  (ilmenite); point 28: 4 
 (Fe2O3); points 29-37:  (iron ore); points 38-39:  (iron ore); points 40-43:  (Fe-ESF); points 5 
44-45:  (manganese ore); point 46:  (BMP); points 47-48:  (NiO/NiAl2O4); point 49: 6 
(deactivated NiO/NiAl2O4); points 50-55:  (CuO/MgAl2O4 in CLOU mode). 7 
 8 
Unburnt compounds are generally always present in the gaseous stream from the fuel reactor, except 9 
when Cu-based materials are used [30-32]. The complete combustion obtained with Cu-based materials 10 
is not related to the high reactivity of this material [36,37], but rather to a different mechanism occurring 11 
during coal conversion. CuO has the ability to break down into Cu2O and O2 at high temperatures. The 12 
advantage of this property is harnessed in the so-called chemical looping with oxygen uncoupling 13 
process (CLOU) proposed by Mattisson et al. [38]. So, coal can be burnt with oxygen released in the 14 
fuel reactor by the oxygen carrier, with the coal conversion in CLOU being more efficient than during 15 
the in-situ gasification of coal.  16 
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Finally, there is a clear trend visible for oxygen demand to fall as the solids inventory in the fuel reactor 1 
increases. However, unburnt compounds are expected to be present in the iG-CLC process, regardless of 2 
the oxygen carrier used or the operational conditions. If you want to reduce the oxygen demand of 3 
exhaust gases, additional actions should be taken. These actions may include the following operational 4 
options: 5 
O-1. Modifying certain operational conditions with a beneficial effect on the combustion efficiency in 6 
the fuel reactor. In this way, an increase in the fuel reactor temperature or pressure, or an increase 7 
in the solids inventory or circulation flow rate could improve the combustion efficiency of the 8 
process. A less significant impact is expected by varying the steam to coal ratio or the coal particle 9 
size [18,35]. Sozinho et al. [8] showed that oxygen demand was low (T = 1.9%) but not zero 10 
when the oxygen carrier inventory was high (estimated to be 10000 kg/MWth of the BMP material), 11 
which is congruent with theoretical predictions [39]. Nevertheless, a low reduction in oxygen 12 
demand is expected if the solids inventory is increased above 1000-2000 kg per MWth [35,39]. If 13 
the char conversion is low, an increase in the temperature may lead to an increase in oxygen 14 
demand because the oxygen carrier must oxidise a higher fraction of fuel converted in the fuel 15 
reactor [35]. Nevertheless, a high char conversion is required in order to obtain a high level of CO2 16 
capture, which requires the use of a carbon separation system. In this case, an increase in the 17 
temperature reduces oxygen demand [18]. An increase in the solids circulation rate has a 18 
significant effect, decreasing the oxygen demand in the oxygen carrier to fuel ratios OC <5; 19 
however, high OC values are not recommended because the loss in CO2 capture is too high [18]. 20 
Previous studies showed that optimal operational conditions consisted of a temperature between 21 
1000-1100ºC, an oxygen carrier to fuel ratio in the range of OC = 1.2-5 and a solids inventory 22 
within the region of 1000-2000 kg/MWth [18,35]. 23 
O-2. Using highly reactive oxygen carriers. The more reactive the oxygen carrier material, the lower the 24 
oxygen demand. However, complete combustion has not been achieved even for highly reactive 25 
materials. This issue was analysed in a previous study, showing that very high reactivity changes 26 
would be necessary to decrease the oxygen demand to values close to zero [35]. Moreover, the 27 
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choice of material as an oxygen carrier for iG-CLC must take into account other factors, such as its 1 
cost, environmental impact and durability. Materials with oxygen uncoupling properties may be 2 
preferable because of their superior performance during the CLOU process. However, these 3 
materials are synthetic and generally more expensive than materials used for iG-CLC, and 4 
processes to recover active materials lost together with spent ash particles would need to be 5 
adopted. 6 
Other options are related to design modifications, which alter the configuration of the iG-CLC system in 7 
some way, see Fig. 3: 8 
D-1. Improving the gas-solid contact by placing geometrical constrictions or internals in the dilute 9 
region of the fuel reactor. This solution has been proposed in the literature to increase the amount 10 
of solids in the dilute region, thus making the gas-solid contact in this zone more effective [40,41]. 11 
D-2. Including a secondary fuel reactor fed by the exhaust gases. In this secondary reactor, the oxidation 12 
of unburnt compounds will occur. This concept was adopted in a 25 kWth unit at Technische 13 
Universität Hamburg [5]. 14 
D-3. Recycling exhaust gas to the fuel reactor [10] or carbon stripper. Although oxygen demand would 15 
be reduced, some unburnt compounds are expected to remain in the flue gases because of the 16 
intrinsic limitation when re-circulated stream gases are used. Gas recycling needs more 17 
components, however lower oxygen requirements are expected. 18 
D-4. Unburnt compounds separated during the CO2 purification and compression step can be returned to 19 
the fuel reactor. Recycling to the fuel reactor requires the extraction of a purge stream to avoid N2 20 
accumulation from coal in the system, which can result in a loss in CO2 capture. 21 
D-5. Feeding coal into the carbon stripper. In this case, the carbon stripper also acts as a primary fuel 22 
reactor. The original fuel reactor can now be viewed as a secondary fuel reactor with a cross-23 
current of gases and solids. 24 
  25 
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 1 
    2 
    3 
    4 
Fig. 3. Diagrams of the different configurations for the improvement of the iG-CLC process 5 
implementing different technological options. 6 
 7 
  8 
Submitted, accepted and published by 
Chemical Engineering Journal 233 (2013) 56–69 
14 
 
The objective of this study is to evaluate the potential of several technological options to reduce the 1 
oxygen demand needed for the oxygen polishing step in the iG-CLC process. The composition of gases 2 
exiting the CLC system is predicted using a model previously developed for the fuel reactor [34,35]. 3 
This model was validated against experimental results obtained in a 100 kWth CLC unit using coal [18]. 4 
The model here is modified to incorporate the different options described in D-1 to D-5. The results are 5 
presented in order to find out the composition of the gas reaching the GPU and then evaluated to 6 
identify the technological options with a the most potential to reduce or to even remove the oxygen 7 
requirements for the oxygen polishing step in a iG-CLC process. The CO2 capture efficiency for each 8 
option is also predicted. The results presented in this paper will be useful to estimate the energetic 9 
efficiency of the CLC process using solid fuels. 10 
 11 
2. Working hypothesis 12 
2.1. Background 13 
In a previous paper, a mathematical model of the fuel reactor was presented for coal combustion in a iG-14 
CLC system [34]. This model takes into account the reactor fluid dynamics, the coal conversion 15 
(devolatilisation and gasification) and the reaction of the oxygen carrier with gases evolved from coal. 16 
The fluid dynamics model has been successfully used to predict the behaviour of high-velocity fluidised 17 
bed reactors within the range of 0.1 [18] to 12 MWth [42].The fuel reactor used was a fluidised bed 18 
working on high-velocity mode. It was split into two zones divided vertically with respect to axial 19 
concentration and the backmixing of solids: the bottom bed and the freeboard, see the reference example 20 
in Fig. 3. The gas flow in the bottom bed is shared between the emulsion and bubble phases, with gas 21 
mixing between them controlled by diffusion. The freeboard is composed of the cluster phase and a 22 
transport or dispersed phase. Both the cluster and transport phases are superimposed, but they have 23 
different mixing behaviours. The cluster phase has a strong solids backmixing with solids in the bottom 24 
bed, whereas the transport phase is characterised by a core/annulus flow structure with a lateral 25 
exchange of solids between them. A net flow of solids goes through the core and particle backmixing 26 
occuring at the reactor walls. A differential mass balance between the reacting and product gases (H2, 27 
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CO, CH4, H2O and CO2) is included to calculate the molar flow variation with the height of each 1 
compound inside the reactor. The reaction kinetics for oxygen carrier reduction, coal gasification and 2 
WGS reaction are considered in the mass balance following the pathway given in reactions (1-7). It was 3 
assumed that sulphur was present as SO2 and nitrogen as N2, since these have been identified as the 4 
major compounds at the fuel reactor exit [23,28,43]. Further information on the model is available 5 
elsewhere [18,34,35]. 6 
The fuel reactor model was developed to determine the operating conditions which optimised the CO2 7 
capture and combustion efficiency of the iG-CLC process in the 1 MWth CLC unit erected at Technische 8 
Universität Darmstadt (TUD). The air reactor was not modelled, and the complete oxidation of the 9 
oxygen carrier and the combustion of possible char particles entering to the air reactor were assumed. 10 
Later, this model was validated against experimental results obtained in a 100 kWth CLC unit erected at 11 
the Chalmers University of Technology. No major modifications into the model were required to 12 
validate it [18]. The oxygen demand and CO2 capture was predicted with an error lower than 5% with 13 
variations in the temperature (956-976ºC), pressure drop (15-23 kPa), steam flow (6-18 Nm3/h) and 14 
solids circulation flow rate (990-3210 kg/h). The key operating parameters affecting to the behaviour of 15 
the fuel reactor were identified. Mathematical modelling of the fuel reactor in the iG-CLC process 16 
emerged as an important tool to identify the reasons for incomplete combustion [34,35]. Both the 17 
incomplete conversion of volatile matter -mainly CH4 because of its low reactivity with ilmenite – and 18 
the accumulation of gasification products in the freeboard are responsible for the remaining unburnt 19 
compounds together the CO2 stream exiting the fuel reactor. 20 
 21 
2.2 Conditions for the reference case 22 
The initial hypothesis for this paper was to consider the geometry of the fuel reactor and carbon stripper 23 
existing in the 1 MWth CLC unit at Technische Universität Darmstadt [3], see Table 2 and Fig. 1. The 24 
oxygen carrier (OC) and ungasified carbon (C) exit the fuel reactor to the carbon stripper. Most of the 25 
carbon is separated in the carbon stripper, allowing the oxygen carrier particles to flow to the air reactor 26 
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together with a small fraction of carbon. The oxygen carrier and carbon are oxidised in the air reactor by 1 
air. Regenerated oxygen carrier, solids from carbon stripper and coal are all fed into the bottom part of 2 
the fuel reactor.  3 
In line with results previously presented for the optimisation of the iG-CLC system [18,34,35], realistic 4 
operational conditions to maximise both combustion efficiency and CO2 capture are proposed, see Table 5 
3. The thermal power at the base conditions is 385 kWth, and the solids inventory corresponded to 1000 6 
kg/MWth. Ilmenite was considered as oxygen carrier material, and the Colombian El Cerrejón 7 
bituminous coal was used as solid fuel. For ilmenite, the mean particle size is dp = 0.250 mm and the 8 
particle density is p = 3710 kg/m3, whereas values of dp = 0.125 mm and p = 1100 kg/m3 are 9 
considered for the solid fuel. Reaction kinetics for oxygen carrier reduction with H2, CO and CH4 and 10 
coal gasification with H2O and CO2 can be found elsewhere [34]. The oxygen transport capacity of 11 
ilmenite particles is ROC = 4 wt.%, and the oxygen carrier to fuel ratio is OC= 2. The OC ratio is defined 12 
as the flow of oxygen available in circulating solids divided by the oxygen required to fully convert the 13 
fuel to CO2 and H2O. The carbon separation efficiency in the carbon stripper is assumed to be CS = 14 
99%, which is similar to the value calculated for the 100 kW unit at Chalmers University of Technology 15 
during the model validation [18]. Under these conditions, the composition of the gas flow at the fuel 16 
reactor outlet is 15.68 vol.% CO2, 80.85 vol.% H2O, 2.09 vol.% H2, 0.68 vol.% CO, 0.49 vol.% CH4, 17 
0.06 vol.% SO2 and 0.15 vol.% N2. Based on work by Kempkes and Kather [10], two options were 18 
evaluated to manage the fraction of unconverted fuel, i.e. H2, CO and CH4, in the flue gas, see Fig. 4: 19 
PC-1: The post-combustion unit configured downstream from the fuel reactor: this option includes the 20 
oxygen polishing step. The oxygen demand parameter, T, characterises the requirements for 21 
oxygen, which is produced in an additional air separation unit (ASU). The oxygen used in the 22 
oxygen polishing step may contain small amounts of N2 because the air separation was not 23 
optimal.. 24 
PC-2: The post-combustion within the air reactor: the incondensable gases (H2, CO, CH4 and N2) are 25 
separated during the CO2 compression step and then sent to the air reactor. Calculations showed 26 
that most of the CO2 present in the flue gas is separated from incondensable gases, whereas the 27 
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CO2 stream after compression may have a purity higher than 95% [10]. For preliminary 1 
estimations, this work assumed an ideal separation of CO2 from incondensable gases, i.e. the purity 2 
of CO2 was 100%, whereas no CO2 was present in the incondensable gas stream. 3 
 4 
Table 2. Geometrical parameters of the primary fuel reactor, carbon stripper and secondary fuel reactor. 5 
As reference, the geometry of the 1 MWth CLC unit at Technische Universität Darmstadt was selected 6 
[3]. 7 
 8 
 Primary Fuel 
Reactor (FR-1) 
Carbon Stripper 
(CS) 
Secondary Fuel 
Reactor (FR-2) 
Height, H (m) 11.4 1.0 10.0 
Diameter or Width x Length (m) 0.4 1.0 x 0.5 0.4 
Height of the solids inlet (m) 0.1 -- 0.1 
 9 
 10 
 11 
Table 3. Operational conditions in the base case for the primary fuel reactor, carbon stripper and 12 
secondary fuel reactor. 13 
 14 
 Primary Fuel 
Reactor (FR-1) 
Carbon Stripper 
(CS) 
Secondary Fuel 
Reactor (FR-2) 
Temperature (ºC) 1000 950 1000 
Pressure at the outlet (kPa) 110 140 110 
Pressure drop (kPa) 30 10 15-30 
Solids inventory (kg) 385 510 190-380 
Coal feeding rate (kg/h) 56 -- -- 
Solids circulation flow rate (kg/h) 5760 5760 660 
Inlet gas flow (Nm3/h) 77(a) 213(a) 390(b) 
(a) 100 vol.% steam 
(b) Gas exiting the primary fuel reactor 
   
 15 
 16 
    17 
Fig. 4. General options for the post-combustion of unburnt compounds exiting the fuel reactor. 18 
 19 
In option PC-1, the oxygen demand for the unconverted gases is T = 11.4%, whereas the CO2 capture 20 
was predicted to be CC = 96.4%. In option PC-2, the oxygen polishing step is avoided, so there is no 21 
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oxygen demand. However, the carbon present in the incondensable gases is sent to the air reactor, and 1 
therefore there is a loss in the CO2 capture. Thus, the CO2 capture efficiency for the case PC-2 is CC = 2 
89.7%. Subsequently the potential of different design options for reducing the fraction of unconverted 3 
gases in the flue gases were analysed for both post-combustion options. 4 
 5 
3. Results on evaluating different technological improvements to the iG-CLC 6 
Previous studies have analysed the effect of several operating conditions, e.g. temperature, pressure 7 
drop, solids circulation flow rate or coal feeding rate, as well as the effect of the oxygen carrier 8 
reactivity on oxygen demand and CO2 capture in an iG-CLC system [18,34]. A window for the values 9 
of these parameters was given in order to minimise oxygen demand, whereas the CO2 capture was 10 
maintained above 95%. From these results, the operating conditions for the reference case were chosen, 11 
see section 2.2. Now, the significance of using different technological options to reduce oxygen demand 12 
is analysed. The model previously designed has been conveniently modified to encompass the design 13 
concepts for options D-1 to D-5. 14 
 15 
3.1. D-1: Improving the gas-solid contact by incorporating geometrical constrictions 16 
In the classical turbulent or high-velocity fluidised bed regime, the fraction of solids in the dilute region 17 
above the bottom bed is usually low, preventing the complete combustion of gases in the iG-CLC 18 
process, see Fig. 3(a) [34,35]. It has been shown that the presence of geometrical constrictions, e.g. in 19 
the form of ring-type internals, can extend a dense phase over the full height of the fuel reactor [40,41]. 20 
This situation is represented in Fig. 3(b). Ring-type internals produce an incremental growth in the 21 
solids concentration above the obstacle.  22 
A preliminary estimation of the effect of the variation in solids distribution along the fuel reactor on 23 
oxygen demand is carried out by taking into account the incremental growth in solids concentration due 24 
to the presence of internals.  25 
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To consider this effect, the mathematical model previously formulated is modified in order to increase 1 
the solids concentration above the point where the internals are located in the dilute region. Thus, the 2 
solids concentration in position z+ above the obstacle at position z is calculated by multiplying the solids 3 
concentration by the factor fS at every axial position z where the internals are located, see Eqs. (12) and 4 
(13). Then, the solids concentration in the transport and splash (or cluster) phases above the obstacle is 5 
given by the exponential decay shown in Eqs. (14) and (15), see reference [34].  6 
 
z z
spl S splC f C
   (12) 7 
 z ztr S trC f C
   (13) 8 
 
d
d
spl
spl
C
aC
z
   (14) 9 
 tr tr
dC KC
dz
   (15) 10 
A parametric sensitivity analysis was carried out on the number of internals and the effect of every 11 
internal on increasing the solids concentration. The overall pressure drop in the reactor is maintained 12 
constant in all cases in order to analyse the effect of the different distribution of solids along the reactor 13 
but with the same amount of solids. Simulations were conducted assuming that the first internal was 14 
located at a distance hint above the upper interphase of the bottom bed, and subsequent internals were 15 
separated by the same distance hint until the upper part of the reactor was reached. Thus, the distance 16 
between the internals was defined by taking into account the axial positions of internals i and i+1: 17 
 hint = zi+1 - zi (16) 18 
The internal for i = 1 is the first one located above the bottom bed, and the rest of internals are 19 
numerically sequenced from bottom to top. The overall pressure drop in the reactor is given by the sum 20 
of the pressure drop in the bottom bed together with the pressure drop in the dilute region, see Eq. (17). 21 
As the overall pressure drop is considered to be constant, lesser solids must be located in the bottom bed 22 
since more solids are to be found in the dilute region when internals are included. As a consequence, the 23 
height of the bottom bed, Hb, is reduced. 24 
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P C g z C C g z C C g z         (17) 1 
Fig. 5 shows the oxygen demand and the CO2 capture corresponding to the post-combustion option PC-2 
1 predicted for different separation between internals as a function of the multiplying factor fS. The 3 
amount of solids increases in the freeboard and decreases in the bottom bed as the fs value increases. So, 4 
there is a maximum limit for fs at which there should be no solids in the bottom bed in order to keep the 5 
pressure drop in the reactor constant. The limit corresponds to the end lines shown in Fig. 5. The higher 6 
the separation between internals, i.e. the higher hint is, the higher the possible value for fS. 7 
 8 
Fig. 5. Oxygen demand and CO2 capture predicted for option D-1 combined to post-combustion PC-1: 9 
layout of internals in the dilute region and oxygen polishing. Results as a function of the separation 10 
between obstacles and the multiplying factor of the solids concentration, fS. 11 
 12 
Oxygen demand decreases as the fS factor increases because a higher amount of solids is to be found 13 
above each obstacle. Likewise oxygen demand decreases as the distance between the obstacles 14 
decreases, i.e. the number of internals in the reactor is higher. In order to maintain the same pressure 15 
drop in the fuel reactor, the amount of solids in the bottom bed decreases as fS increases or hint falls. 16 
Here it is important to note that the bottom bed is ineffective burning the volatile matter because of the 17 
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poor gas-solid contact in this phase [34]. Hence more solids are present above every obstacle as fS 1 
increases or hint decreases, whereas the gas-solid contact is improved, at the expense of the amount of 2 
solids in the bottom bed decreasing. As a result, the combustion efficiency in the fuel reactor is 3 
increased and oxygen demand decreases. 4 
Nevertheless, CO2 capture falls a little with an increase in fS or decrease in hint. This slight decrease is 5 
due to an increase in the flow of solids exiting the fuel reactor, since the solids concentration at the 6 
upper part of the reactor is higher. A higher flow of unconverted carbon reaches the carbon stripper, 7 
which maintains the same carbon separation efficiency, CS = 99%. Therefore, the CO2 capture falls 8 
because more unconverted carbon is able to reach the air reactor. 9 
In the post-combustion PC-2, there is no oxygen polishing step. Instead, unconverted gases (H2, CO and 10 
CH4) are separated from the CO2 and sent to the air reactor. In this case, CO2 capture slightly increases 11 
with the multiplying factor fS as well as with a decrease in hint. This fact is related to the improved gas 12 
conversion in the fuel reactor. Moreover, the flow of unconverted gases decreases, meaning a lower 13 
flow of carbon is sent to the air reactor, decreasing the CO2 flow exiting the air reactor. 14 
If a multiplying factor fS = 2 is assumed to be a realistic value and internals are located every 0.75 m, 15 
values of T = 7.5% for the oxygen demand and of CC = 95.1% for the CO2 capture efficiency are 16 
obtained for post-combustion option PC-1, which can be compared with T = 11.4% and CC = 96.4% 17 
in the reference case. It would be expected that a higher fS value would bring down the oxygen demand, 18 
but the pressure drop in the reactor must be increased because the pressure drop given by the solids 19 
above the internals would be higher than the assumed value for the whole reactor, PFR = 30 kPa. By 20 
definition, oxygen demand is zero in post-combustion option PC-2. The CO2 capture efficiency, CC, is 21 
increased from 89.7% in the reference case to 90.7%. 22 
 23 
3.2. D-2: Including a secondary fuel reactor fed by exhaust gases 24 
In this option, a secondary fuel reactor is included in the configuration. Fig. 3(c) shows a general 25 
diagram of this option. Both fuel reactors are placed in parallel for solids but in a series for gases. The 26 
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solid material in the secondary reactor comprises the oxygen carrier coming from the air reactor, and it 1 
is fluidised by gases coming from the primary fuel reactor. The secondary fuel reactor is assumed to 2 
operate at high-velocity fluidisation mode, so the mathematical model for the fuel reactor is also valid. 3 
Dimensions for the secondary reactor are similar to those of the primary fuel reactor, see Table 2, and 4 
operating conditions are shown in Table 3. The gas velocity at the reactor inlet is set at 4 m/s, whereas 5 
the oxygen carrier to fuel ratio is OC = 2. The solids inventory varies from 190 to 380 kg, corresponding 6 
to 500-1000 kg/MWth, by changing the pressure drop between 15 and 30 kPa. Lower solids inventory 7 
values in the secondary fuel reactor are not evaluated in order to allow for the existence of a dense zone 8 
in the bottom bed.  9 
For the post-combustion PC-1 option, an important decrease in oxygen demand is predicted with the 10 
presence of the secondary reactor; however, a minor variation in oxygen demand is estimated when the 11 
amount of solids in this reactor is varied. Thus, oxygen demand is reduced from 11.4% to 1.7% when 12 
the solids inventory in the secondary fuel reactor is 500 kg/MWth. A reduction of oxygen demand to T 13 
= 1.5 % is reached with 1000 kg/MWth, i.e. T decreases a further 12% when the solids inventory is 14 
doubled. In all cases, H2 and CO are fully converted to H2O and CO2, respectively. Thus, oxygen 15 
demand only corresponds to unconverted CH4 because of its low reactivity with ilmenite [44]. Due to 16 
the small difference in oxygen demand when the solids inventory is doubled from 500 to 1000 kg/MWth, 17 
it can be concluded that with the lower amount of solids, as possible in the secondary fuel reactor, it is 18 
preferable to have a pressure drop as low as possible. The CO2 capture is maintained constant, CC = 19 
96.4%, in all cases because the coupling formed by the primary fuel reactor and carbon stripper is not 20 
affected by the presence of the secondary reactor. 21 
If the post-combustion PC-2 option is considered, the efficiency of the CO2 capture increases from 22 
89.7% to 95.5%. This means that there is only a small penalty in CC with respect to the PC-1 option. 23 
This is due to the low amount of carbon in unconverted gases after the combustion in the secondary fuel 24 
reactor. 25 
 26 
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3.3. D-3: Recycling exhaust gas 1 
3.3.1. D-3A: Recycling exhaust gas to the fuel reactor 2 
To improve gas conversion, a fraction of the exhaust gases from the fuel reactor can be re-circulated to 3 
the fuel reactor itself. This option is called D-3A, and dry re-circulation is assumed. Also, steam fed into 4 
the fuel reactor is replaced by re-circulated gases to reduce the steam consumption.  5 
In the D-3A option, the same mathematical model previously explained is used without major changes. 6 
In this case, only the variation in the gas flux and composition at the fuel reactor inlet is taken into 7 
account. The results are evaluated as a function of the re-circulation ratio of gas on a dry basis, g,dry, 8 
defined as: 9 
 ,,
,
rec dry
g dry
outFR dry
F
F
   (18) 10 
 11 
Fig. 6. Oxygen demand and CO2 capture predicted for the technological option D-3A: dry re-circulation 12 
of exhaust gases to the fuel reactor. The results as a function of re-circulation ratio, g,dry. Post-13 
combustion options: (a) PC-1 and (b) PC-2. 14 
 15 
gas,dry
0.0 0.2 0.4 0.6 0.8 1.0
O
xy
ge
n 
de
m
an
d 
(%
)  
   
  C
O
2 c
ap
tu
re
 e
ff.
 (%
)
4
8
12
16
84
88
92
96
0
20
80
100
R
el
at
iv
e 
flu
x 
at
 th
e 
fu
el
 re
ac
to
r o
ut
le
t (
-)
0.8
1.0
1.2
1.4
1.6
1.8
2.0
2.2
(a)
T
CC
gas,dry
0.0 0.2 0.4 0.6 0.8 1.0
O
xy
ge
n 
de
m
an
d 
(%
)  
   
  C
O
2 c
ap
tu
re
 e
ff.
 (%
)
4
8
12
16
84
88
92
96
0
20
80
100
R
el
at
iv
e 
flu
x 
at
 th
e 
fu
el
 re
ac
to
r o
ut
le
t (
-)
0.8
1.0
1.2
1.4
1.6
1.8
2.0
2.2
(b)
T
CC
Submitted, accepted and published by 
Chemical Engineering Journal 233 (2013) 56–69 
24 
 
Figs. 6(a) and 6(b) show the oxygen demand and CO2 capture efficiency predicted by the model as a 1 
function of the g,dry ratio for the post-combustion PC-1 and PC-2 options, respectively. As expected for 2 
option PC-1, oxygen demand decreases as the gas recirculation g,dry ratio increases. Thus, when the 3 
g,dry ratio becomes 0.85, oxygen demand decreases to T = 3.7% compared to the reference value, T = 4 
11.4%. CO2 capture is barely affected by g,dry because conditions affecting the gasification reaction are 5 
roughly constant. This is due to the high steam concentration in the reactor, which is determined by the 6 
high steam flow fed into the carbon stripper that runs to the fuel reactor. Hydrogen concentration is also 7 
maintained at similar low levels in all cases, minimising the inhibitory effect of H2 on char gasification. 8 
In option PC-2, CO2 capture efficiency increases with the g,dry ratio due to the lower flow of carbon in 9 
the incondensable gases. The CO2 capture is CC = 92.2 % at g,dry = 0.85, which is higher than the 89.7 10 
% shown in the reference case. 11 
Fig. 6 also shows the relative flux of gas in the fuel reactor as a function of the g,dry ratio. The relative 12 
flux is defined as the existing gas flow divided by the gas flow in the reference case, i.e. when gas re-13 
circulation is not considered. It should be noted that at g,dry = 0.85 the gas flow at the fuel reactor outlet 14 
is doubled. This affects the fluid dynamics of the reactor. Thus, more solids are to be found in the dilute 15 
region at the expense of a lower amount of solids in the bottom bed. At a higher g,dry ratio, the presence 16 
of solids in a dense bed is avoided if the total pressure drop is maintained at PFR = 30 kPa. As a 17 
consequence, g,dry ratios above 0.85 have not been evaluated.  18 
Variations to the case considered here could include a wet re-circulation or the maintenance of the steam 19 
flow to the fuel reactor. Marginal differences to oxygen demand and CO2 capture are predicted between 20 
wet or dry re-circulation when the results obtained for similar re-circulation ratios are compared. 21 
However, the ratio of re-circulated wet gases is limited to low values because a high velocity of gases at 22 
the fuel reactor inlet is soon reached. As high re-circulation ratios are suitable for reducing oxygen 23 
demand, dry re-circulation is preferred over wet re-circulation. However, dry re-circulation requires 24 
additional equipment, e.g. heat exchangers for cooling, condensing and re-heating processes, which 25 
should be energetically integrated into the overall process. A future assessment should also be made to 26 
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see if the improvement in combustion efficiency resulting from dry re-circulation compared to wet re-1 
circulation offsets the efforts required, both in economic and energetic terms. In addition, small 2 
differences were found depending on whether the steam flow to the fuel reactor was maintained because 3 
the majority of the steam flow comes from the carbon stripper. 4 
 5 
3.3.2. D-3B: Recycling exhaust gas to the carbon stripper 6 
The iG-CLC system includes another reactor to which exhaust gases could be re-circulated without 7 
sustaining losses of carbon to the air reactor: the carbon stripper. This option is called D-3B, and in this 8 
configuration unconverted gases would be oxidised by oxygen carrier inside this reactor. As in option 9 
D-3A, dry re-circulation is assumed; see Fig. 3(d) and the steam flow to the carbon stripper is also 10 
replaced by a re-circulated flow, Frec,dry. Steam consumption for the carbon stripper is therefore avoided. 11 
In this particular configuration, steam is used to fluidise the fuel reactor. The carbon stripper operates in 12 
bubbling fluidisation mode to minimise oxygen carrier entrainment while char separation is carried out. 13 
The gas velocity is fixed to enhance the char separation from the oxygen carrier since lighter char 14 
particles are selectively elutriated. This fact is related to the ratio between the gas velocity in the carbon 15 
stripper (ug,CS = 0.25 m/s) and the estimated terminal velocity of oxygen carrier particles (ut,OC = 1.7 16 
m/s) and char particles (ut,char = 0.18 m/s). Therefore, the re-circulated gas flow is set at being equal to 17 
the value of the steam flow for the design conditions, i.e. Frec,dry = 213 Nm3/h, for a correct operation of 18 
the carbon stripper. The corresponding gas re-circulation ratio, g,dry, is 0.76. 19 
To model the carbon stripper, the mathematical model for the fuel reactor was modified to take into 20 
account the reactor as a bubbling fluidised bed. The fluid dynamic section of the model [34] is therefore 21 
substituted by a fluid dynamic model in bubbling mode, as described in a previous study [45]. Because 22 
gas velocity is greater than terminal velocity for char particles, the transport phase for char particles is 23 
maintained, as was the case in the model developed for the fuel reactor [34]. The model also takes into 24 
account chemical processes occurring in the carbon stripper, such as char gasification and the 25 
conversion of both gases in the re-circulated stream and gasification products owing to a reaction with 26 
the oxygen carrier. These chemical reactions are modelled in a similar way to those in the fuel reactor. 27 
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The char flow segregated from the oxygen carrier particles is calculated by using the previously defined 1 
carbon separation efficiency of the carbon stripper, CS = 99%.  2 
Predictions made using the model show that oxygen demand and CO2 capture efficiency for the post-3 
combustion PC-1 option are T = 3.0% and CC = 95.5%, respectively. In this case, oxygen demand is 4 
significantly less than T,ref = 11.4% in the reference case, whereas the CO2 capture is slightly affected 5 
in comparison (CC,ref = 96.4%): a lower CO2 capture is predicted because of the lower steam 6 
concentration in the fuel reactor when steam is replaced by re-circulated gases. Here it is important to 7 
note that steam acts as a gasifying agent. If the post-combustion PC-2 option is chosen, the CO2 capture 8 
efficiency increases from 89.7% in the reference case to 92.3% with gas recycling to the carbon stripper. 9 
 10 
3.4. D-4: Recycling unburnt gases to the fuel reactor after CO2 separation 11 
In this option, unburnt gases from the GPU unit are recycled to the fuel reactor, see Fig. 3(e). For 12 
preliminary estimations, it is assumed that an ideal CO2 separation is reached inside the GPU unit, i.e. 13 
the compressed CO2 stream only contains CO2, whereas there is no CO2 in the stream of incondensable 14 
gases, which contains unburnt products and nitrogen. Nitrogen coming from the fuel is expected to be 15 
mainly N2 [43]. In this option, there is no oxygen demand because the oxygen polishing step is not 16 
required. 17 
To avoid N2 accumulation in the system, a purge stream is required, which can then be sent to the air 18 
reactor. The purge stream must contain a nitrogen flow (based on N atoms) equal to the nitrogen flow 19 
contained in the coal fed (N2 intrusion from air is not expected). To fulfil this requirement, the purge 20 
stream is approximately half of the incondensable flow gas reaching the GPU. If an oxygen polishing 21 
step was applied to this stream, i.e. the PC-1 option, oxygen demand would be 6.6% and CO2 capture 22 
efficiency 96.4%. Nevertheless, it is intended that the purge stream should go to the air reactor, where 23 
unconverted compounds will be burnt by air. This case is similar to the post-combustion PC-2 option 24 
and some carbon will be lost as CO2 from the air reactor. The CO2 capture efficiency therefore 25 
decreases from 96.4%, in the reference case, to 92.5%. 26 
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 1 
3.5. D-5:Feeding coal into the carbon stripper 2 
In this case, the carbon stripper acts also as the primary fuel reactor, and the fuel reactor is the 3 
secondary fuel reactor, see Fig. 3(f). The carbon stripper is fluidised by steam operating in bubbling 4 
mode. Volatile matter and gasification products generated in the carbon stripper are partially burnt in the 5 
carbon stripper. Gases from the carbon stripper subsequently go to the fuel reactor together with char 6 
particles entrained from the bed. In the fuel reactor, further oxidation of volatile matter and gasification 7 
products occurs, as well as the gasification of solid carbon. Char particles are therefore continuously 8 
circulating between the carbon stripper and the fuel reactor until complete gasification is achieved or 9 
these are bypassed to the air reactor.  10 
Modifications to the carbon stripper model include adding two steams containing carbon solids to the 11 
inlet stream, i.e. coal and re-circulated char, and the generation of volatile matter. As in the fuel reactor 12 
model, coal devolatilisation is assumed to happen instantaneously at the feeding point. This situation is 13 
similar to the fuel reactor for the reference case, but the carbon stripper is a bubbling fluidised bed. 14 
Also, the solid fuel fed into the fuel reactor is simply char coming from the carbon stripper, similar to 15 
the carbon stripper in the reference case. Thus, the carbon stripper and the fuel reactor models are 16 
executed alternatively. The solution is reached by means of an iterative process, whereby input data for 17 
the fuel reactor model comes from the output results of the carbon stripper, and vice versa.  18 
When coal is fed into the carbon stripper, the carbon load to the carbon stripper is increased because the 19 
carbon in coal is added to the carbon in the char coming from the fuel reactor. As a consequence, the 20 
CO2 capture efficiency decreases slightly to CC = 96.0% in PC-1 option if the efficiency of carbon 21 
separation is assumed to be equal to that cited in the reference case, i.e. CS = 99%. Note that the 22 
mathematical model predicts that only 0.03 wt.% of solids in the carbon stripper are char particles, 23 
which can be compared to the 0.5 wt.% predicted in the fuel reactor. This means that most of the char 24 
gasification takes place in the fuel reactor. Only 2.8% of char is predicted to be gasified in the carbon 25 
stripper. In the case of post-combustion option PC-2, CO2 capture is 92.7%, a figure that is significantly 26 
higher than that obtained in the reference case (CC,ref = 89.7%). 27 
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More significant, however, is the decrease in the oxygen demand, which reached a value of T = 5.8%. 1 
This is owing to the fact that volatile matter is oxidised by a higher amount of solids present in both the 2 
carbon stripper and the fuel reactor. If methane is considered as a representative compound in the 3 
volatile matter, the flow of methane exiting the carbon stripper is 2.3·10-2 mol/s, whereas the methane 4 
flow decreases to 5.8·10-3 mol/s after the fuel reactor. However, the oxygen demand at the carbon 5 
stripper exit is 4.8%, which is lower than after the fuel reactor. The higher oxygen demand predicted 6 
after the fuel reactor is due to the accumulation of gasification products, i.e. H2 and CO, in the freeboard 7 
of the fuel reactor. This means that more gasification products are generated than those oxidised by the 8 
reaction with ilmenite.  9 
 10 
4. Discussion 11 
4.1. Comparison of different options 12 
Different options have been analysed in order to reduce or avoid the oxygen requirements in an oxygen 13 
polishing step due to unconverted gases present together with the CO2 stream coming from the fuel 14 
reactor in an iG-CLC system. A summary of the oxygen demand and the CO2 capture efficiency 15 
obtained for every option is shown in Table 4. This table also shows the gas flow and the composition of 16 
the stream reaching the post-combustion system; see Fig. 4. The gas flow and composition could be 17 
used to evaluate the energy efficiency of the iG-CLC system [10]. 18 
High oxygen demand reductions are predicted for all cases; however, complete combustion is not 19 
reached. All the options do not have the same impact on reducing the oxygen demand. To compare the 20 
effect of the different options on the oxygen demand and the CO2 capture efficiency, the coefficient of 21 
variation, CV, of the parameter x is defined as: 22 
 (%) 100 new ref
ref
x x
CV
x
  (19) 23 
with xref being the oxygen demand or the CO2 capture efficiency for the reference case, and xnew being 24 
the value of these parameters for an option in question. The coefficient of variation for the oxygen 25 
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demand and the CO2 capture for the options evaluated in this paper are shown in Fig. 7 for the post-1 
combustion PC-1 option. In all cases, the effect on the CO2 capture is low, although some reduction in 2 
CC is observed, mainly for options D-1 and D-3B.  3 
 4 
Table 4. Summary of predictions for the different technological options evaluated in this work. 5 
 6 
 Reference D-1 D-2 D-3A D-3B D-4 D-5 D-6 
mFR-1 (kg) 380 380 380 380 380 380 380 380 
mFR-2 (kg) - - 190 - - - - - 
mCS (kg) 510 510 510 510 510 510 510 510 
mtotal (kg) 890 890 1080 890 890 890 890 890 
mtotal (kg/MWth) 2320 2320 2800 2320 2320 2320 2320 2320 
         
Option PC-1         
T (%) 11.4 7.5 1.7 3.7 3.0 6.6 5.8 0.9 
CC (%) 96.4 95.1 96.4 97.1 95.5 96.4 96.0 98.8 
Option PC-2         
T (%) 0 0 0 0 0 0 0 0 
CC (%) 89.7 90.7 95.4 92.2 92.3 92.5 92.7 98.4 
         
Gas flow (mol/h) 4.85 4.87 4.88 1.44 1.17 4.97 4.91 2.68 
Gas composition (%)         
CO2 15.68 15.81 16.57 54.34 66.74 15.80 16.00 31.10 
H2O 80.86 81.59 83.05 41.06 28.73 80.28 80.78 68.35 
CH4 0.49 0.23 0.17 0.42 0.45 0.59 0.12 0.16 
CO 0.68 0.53 0.00 2.41 1.81 0.73 0.47 0.00 
H2 2.08 1.63 0.01 1.08 1.44 2.20 1.43 0.01 
N2 0.15 0.15 0.14 0.49 0.59 0.28 0.15 0.27 
SO2 0.06 0.06 0.06 0.20 0.25 0.12 0.06 0.11 
 7 
The effect of the design option chosen on the oxygen demand is more important. The highest reduction 8 
in oxygen demand was observed for option D-2, i.e. the implementation of a secondary fuel reactor. 9 
Nevertheless, this option involves operating four interconnected fluidised bed reactors, which increases 10 
the complexity of the reactor integration, and also requires a higher amount of oxygen carrier material. 11 
Gas re-circulation to the fuel reactor or the carbon stripper also shows a high reduction in the oxygen 12 
demand values. In these cases, the gas flow inside the fuel reactor could be higher than in the reference 13 
case, which affects the fluid dynamics of the reactor. Here it must be highlighted that the gas flow 14 
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reaching the post-combustion and GPU stages is lower because the steam flow is replaced by re-1 
circulated gas. This fact could be beneficial for the efficiency of the process because the energetic 2 
penalty linked to steam generation is reduced. 3 
 4 
Fig. 7. Coefficient of variation, CV, for the oxygen demand and CO2 capture predicted for the 5 
technological options evaluated in this work. Post-combustion options PC-1: oxygen demand ; 6 
CO2 capture efficiency . Post-combustion options PC-2: CO2 capture efficiency . 7 
 8 
Some considerations may be made with respect to the re-circulation of gases to the fuel reactor or the 9 
carbon stripper. Re-circulating gas to the carbon stripper (D-3B) leads to a higher reduction in oxygen 10 
demand than re-circulation to the fuel reactor (D-3A); however, it must be noted that the carbon capture 11 
efficiency is lower in option D-3B. At this point, the option of re-circulating gas to both the fuel reactor 12 
and the carbon stripper simultaneously can be introduced. In this case, the use of steam would be 13 
avoided, leading to improved plant efficiency. Similar results are obtained in this option, although the 14 
carbon capture is lower than the level obtained through option D-3B because of the scarce steam 15 
availability for char gasification. The option of introducing wet coal to generate steam into the fuel 16 
reactor could be explored in the future. 17 
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Similarities are found between options D-3B and D-2. In both cases, unconverted compounds exiting 1 
the fuel reactor are burnt in a downstream reactor. In option D-2, all the gas has the chance to react in a 2 
secondary reactor, whereas in option D-3B only re-circulated gases are able to react in the carbon 3 
stripper. The solids inventory in the carbon stripper was about 1300 kg/MWth, and the oxygen demand 4 
for option D-3B was 3.0%. However, the solids inventory in the secondary reactor for option D-2 was 5 
500 kg/MWth, whereas the oxygen demand was T = 1.7%; see Table 4. Thus, a lower oxygen demand 6 
is obtained in option D-2, even with a lower solids inventory in the downstream reactor. Incomplete 7 
inherent combustion associated to the re-circulation concept (D-3B) prevents a lower oxygen demand 8 
than in the option D-2. However, option D-2 does not exclude the presence of the carbon stripper. Thus, 9 
the use of option D-2 must always be considered with a higher amount of solids in the iG-CLC system 10 
than option D-3B. 11 
Feeding coal into the carbon stripper,  option D-5, also leads to a relatively high reduction in oxygen 12 
demand. In this case, the conceptual design of the iG-CLC system is different. On the one hand, the 13 
carbon stripper acts as a primary fuel reactor, and char particles are separated from oxygen carrier 14 
particles, which prevents a high extension of gasification in this reactor. On the other hand, the existing 15 
fuel reactor, as in Fig. 1, can be considered as a secondary fuel reactor. In this latter reactor, the 16 
oxidation of gases coming from the carbon stripper occurs together with the large part of the char 17 
gasification in the iG-CLC system. In fact, an accumulation of gasification products in the freeboard 18 
prevents a higher fall in oxygen demand.  19 
If post-combustion option PC-2 is chosen, the oxygen polishing step is avoided. However, CO2 capture 20 
values lower than 95% are obtained in most cases. In this sense, post-combustion option PC-1 with an 21 
oxygen polishing step would be preferred, as previously suggested by other authors [10]. Nevertheless, 22 
option D-2 was the only design option with CO2 capture efficiency values higher than 95%, which is 23 
similar to the values obtained for option PC-1. Thus, post-combustion option PC-2 can be viewed as a 24 
feasible alternative to deal with unconverted gases in design option D-2. 25 
One way to reduce the presence of unburnt products in the CO2 stream could be to include combinations 26 
of the options analysed above. For example, it would be feasible to implement geometrical restrictions 27 
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in the fuel reactor as well as to include a secondary reactor in the iG-CLC system. This option merges 1 
options D-1 and D-2, and allows oxygen demand to reach a value as low as 0.8%. The main 2 
unconverted product is CH4 from volatile matter because of the low reactivity of this gas with ilmenite. 3 
The use of a more reactive oxygen carrier material would allow the oxygen demand in the process to be 4 
minimised. 5 
From the above considerations, the following conclusions can be drawn: 6 
- The fuel reactor partially converts volatile matter, and most of the char is gasified there. 7 
- The carbon stripper must be designed in order to have a high efficiency of carbon separation from 8 
the oxygen carrier particles. Moreover, the carbon stripper operates with a low fraction of char 9 
particles in the solids. This fact means that gasification products are accumulated in the reactor and 10 
relatively good combustion is achieved in this reactor, as shown in the results from option D-3B. 11 
- In this process, CH4, CO and H2 are unconverted gases. Two categories have been identified: CH4  12 
that comes mainly from volatile matter because the low reactivity of ilmenite with this gas; and CO 13 
and H2 that mainly come from the accumulation of gasification products in the freeboard. Thus, CO 14 
and H2 are the main unconverted gases exiting the fuel reactor, where char gasification mainly 15 
occurs. In the carbon stripper, where gasification is of lower significance, or the secondary fuel 16 
reactor, where there is no char, the gasification products are deeply converted. 17 
4.2. Proposal of a new iG-CLC arrangement 18 
Based on these considerations, a new concept for the reactor arrangement is proposed. The proposed iG-19 
CLC concept is shown in Fig. 8 and referred to as design option D-6. Coal is fed into the fuel reactor, 20 
where it is devolatilised and gasified by steam or CO2 in the fluidisation gas. Volatile matter and 21 
gasification products are partially converted to CO2 and H2O, with CH4, CO and H2 being present in the 22 
product gas. Solids are transported to the carbon stripper. To improve the CO2 capture, it is desirable to 23 
take solids from the bottom bed because the char concentration is lower than in the freeboard [34] in this 24 
zone. In addition, the carbon stripper is fluidised by hot gases coming from the fuel reactor. No steam 25 
condensation is required in this step. Thus, the carbon stripper also acts as a secondary fuel reactor. To 26 
maintain the fluid dynamic properties of the carbon stripper as equal to those in the reference case, 27 
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steam must be added to the carbon stripper to reach a total flow of gas in the carbon stripper of 213 1 
Nm3/h; see Table 3. Therefore, the total steam requirement in both the fuel reactor and carbon stripper is 2 
reduced to 110 Nm3/h, instead of 290 Nm3/h as cited in the reference case. Solids elutriated from the 3 
carbon stripper are concentrated in the char, being re-circulated to the fuel reactor. The efficiency of the 4 
carbon stripper is assumed to be equal to CS = 99%. Thus, only 1% of char particles reaching the 5 
carbon stripper are left to pass to the air reactor, where they will be burnt with air. Most char particles 6 
are continuously re-circulated between the fuel reactor and the carbon stripper. Char is concentrated in 7 
the fuel reactor, where 99.1% of carbon is gasified. Only 0.9% of carbon is gasified in the carbon 8 
stripper. The gas stream exiting the carbon stripper contains the desired highly pure CO2, which is sent 9 
to the post-combustion or GPU unit.  10 
 11 
 12 
Fig. 8. General flow sheet for the improved iG-CLC concept proposed in this work. 13 
 14 
The gas flow and concentration of gaseous species in this stream is shown in Table 4. Special mention 15 
must be made of the low fraction of CH4 and the absence of gasification products, in line with the good 16 
performance of the carbon stripper as a secondary fuel reactor and the low fraction of char gasified 17 
there. Oxygen demand falls to a low value of T = 0.9%, whereas CO2 capture is CC = 98.8%. In this 18 
case, the post-combustion option PC-2 could be a good option from an energetic point of view because 19 
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of the low fraction of incondensable gases. In this case, the predicted CO2 capture is CC = 98.4%. This 1 
new iG-CLC concept may be implemented with just a few changes to the original system, and it has 2 
major potential to increase the combustion efficiency in the system, and to even increase the CO2 3 
capture efficiency over and above the numbers predicted for other design options analysed in this paper.  4 
 5 
5. Conclusions 6 
Several design options have been evaluated in order to reduce the presence of unburnt compounds 7 
together with the CO2 stream in the in-situ gasification chemical looping combustion (iG-CLC) process. 8 
A mathematical model previously validated against experimental results was conveniently modified to 9 
consider the proposed design options, which include increasing the gas-solid contact in the fuel reactor, 10 
incorporating a secondary fuel reactor, re-circulating exhaust gases to the fuel reactor or the carbon 11 
stripper, or feeding coal into the carbon stripper instead of into the fuel reactor. The highest reduction in 12 
the oxygen demand was predicted for the option involving the use of a secondary fuel reactor. Based on 13 
these findings, an iG-CLC concept with a new reactor configuration is proposed. This new concept 14 
sends exhaust gases from the fuel reactor to the carbon stripper. Most of the char is gasified in the fuel 15 
reactor, and the carbon stripper also acts as a secondary fuel reactor. The oxygen demand for this 16 
concept is predicted to be T = 0.9% and the CO2 capture efficiency is CC = 98.8%. If incondensable 17 
gases were separated in the GPU and sent to the air reactor, the oxygen polishing would be avoided, and 18 
the predicted CO2 capture efficiency was CC = 98.4%. 19 
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Nomenclature 1 
a decay constant for solids in the splash phase 2 
Cb solids concentration in the bottom bed (kg/m3) 3 
Cspl solids concentration in the splash phase (kg/m3) 4 
Ctr solids concentration in the transport phase (kg/m3) 5 
CV coefficient of variation (%) 6 
dp particle diameter (m) 7 
fC carbon content in the coal 8 
fC,fix fixed carbon of the coal 9 
fS multiplying factor of solids concentration 10 
Fi molar flow of gas I (mol/s) 11 
Frec,dry dry flow of re-circulated gases (mol/s) 12 
FoutFR,dry dry flow of gases exiting the fuel reactor (mol/s) 13 
g gravity acceleration (m/s2) 14 
H height (m) 15 
Hb height of the bottom bed (m) 16 
K decay constant for solids in the transport phase 17 
m mass of solids (kg) 18 
coalm  coal feeding rate (kg/s) 19 
OCm  solids circulation flow rate (kg/s) 20 
MC atomic weight of carbon (12·10-3 kg/mol) 21 
MO atomic weight of oxygen (16·10-3 kg/mol) 22 
nint number of internals 23 
ROC oxygen transport capacity (kg oxygen per kg of oxygen carrier) 24 
ug gas velocity (m/s) 25 
ut terminal velocity (m/s) 26 
xnew parametric value newly evaluated 27 
xref parametric value for the reference case 28 
z axial position (m) 29 
zi axial position of the internal i (m) 30 
z-  axial position just below the geometrical constriction (m) 31 
z+ axial position just above the geometrical constriction (m) 32 
 33 
Greek symbols 34 
hint separation distance between internals (m) 35 
P pressure drop in the reactor (Pa) 36 
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g,dry re-circulation ratio in dry basis 1 
OC oxygen carrier to fuel ratio 2 
CC CO2 capture efficiency 3 
CS carbon separation efficiency in the carbon stripper4 
p particle density (kg/m3) 5 
coal oxygen demand of coal (kg oxygen per kg coal) 6 
T total oxygen demand of gases exiting the CLC unit 7 
 8 
Acronyms 9 
FR fuel reactor 10 
FR-1 primary fuel reactor 11 
FR-2 secondary fuel reactor 12 
AR air reactor 13 
CS carbon stripper 14 
 15 
  16 
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